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The effect of distributing gaseous feed along a bubbling fluidized bed of diameter 152
mm was studied with fluid catalytic cracking particles. Steady- and unsteady-state
experiments show that the secondary gas concentration profile at the injection level was
almost uniform for high secondary and low primary gas velocities. Secondary gas readily
mixed within a short distance above the injection level. Backmixing was primarily
influenced by the primary feed superficial gas velocity. Regardless of its injection velocity,
secondary gas was barely detectable below the injection level at low primary superficial
velocities. Axial dispersion and mass transfer decreased significantly when some gas was
introduced at higher levels, compared with a bed where all gas entered through the
windbox. Two two-phase models are proposed to simulate gas mixing, the first with a
step-change in gas flow rate at the injection level, the second accounting for additional
mixing in the jet region. © 2004 American Institute of Chemical Engineers AIChE J, 50:
922–936, 2004
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Introduction

Several industrial fluid bed processes introduce gaseous re-
actants along the reactor height rather than only through the
distributor at the bottom (Bramer, 1995; Contractor and
Sleight, 1988; Yates et al., 1987). Distributed feed may im-
prove the selectivity of a process involving consecutive reac-
tions. Another important motivation is to maintain the compo-
sition of the reactor feed mixture outside explosion limits.
Different configurations can be used to introduce a reactant into
a reactor in a controlled manner. Examples include membranes
(Coronas et al., 1995; Tonkovich et al., 1996) and direct
injection as jets through injection points (Choudhary et al.,
1989) at different levels, in addition to gas entering through the
bottom distributor.

Mixing is an important aspect in fluidized bed processes.
When chemical reactions occur, concentration profiles differ in
the bubble phase and dense phase. The extent of reaction

depends on the rate of exchange of gas between the phases
(e.g., between the bubble and dense phases for bubbling fluid-
ized beds). The net rate of exchange of gas depends on the
concentration difference, which is affected by the state of
mixing (Potter, 1971). In addition, the overall conversion and
selectivity within each phase are influenced by the degree of
axial dispersion in that phase.

The present study is focused on gas mixing in fluidized beds
operating in the bubbling regime. The mixing is considered for
two design configurations. In the first, all gas is fed through the
windbox. In the second, part of the gaseous feed (designated
primary gas) is introduced through the windbox, whereas the
rest (denoted as secondary gas) is distributed along the bed
height. The objective of this work is to evaluate the impact of
distributing the secondary gas along the bed height on the gas
mixing. Gas mixing in fluidized beds without secondary gas
has been well studied since the 1950s, although configurations
with distributed gas injection have not been widely investi-
gated. In the present article, all secondary gas is injected
through a single nozzle in a relatively small column. Cases
with multiple secondary jets will be considered in future
articles.
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When gas is introduced along the height of a fluid bed
reactor, its distribution is likely to affect the reactor perfor-
mance: (1) by progressively changing the composition of the
reacting mixture, and (2) by changing the flow pattern and
hydrodynamics in the bed, both attributed to the secondary jets
and to the variation of total flow with height. Aside from
interest in secondary air associated with addition of secondary
air in circulating fluidized bed combustion to reduce NOx

emissions (e.g., see Grace, 1997) and the study of Lummi and
Baskakov (1967), who injected a CO2 tracer with a horizontal
air jet and measured subsequent CO2 concentrations in the bed,
no previous work appears to have been reported on how dis-
tributed feed affects gas mixing.

When a gas jet is injected horizontally into a fluidized bed,
there are four possible modes of discharge into the bed: bub-
bling at the near wall where the gas is injected, bubbling inside
the bed, jetting terminating within the bed, and jet penetration
right across to the opposite wall facing the injection nozzle.
Which mode occurs in a given case depends on the secondary

gas injection velocity, primary gas flow, particle properties,
and column width or diameter. The mode of injection influ-
ences many aspects of behavior inside the bed, for example,
gas-solid contacting, gas and solid mixing, residence time
distribution (RTD), and uniformity of secondary gas
concentration.

Experimental Apparatus and Instrumentation

Gas mixing experiments were carried out in the equipment
shown schematically in Figure 1, featuring a cylindrical col-
umn, made in two sections, a main (lower) section of 152-mm
inside diameter (ID) and 2286 mm height and an expanded
(upper) section of 229 mm ID and 315 mm height, connected
by a smooth conical transition. The column was constructed of
transparent cast acrylic (PlexiGlas). Rotameters provided flow
measurements for the main feed and for each injection level. A
data-acquisition system (DASH-8 A-D converter, EXP-16

Figure 1. Steady-state tracer injection/detection set-up (not to scale).
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multiplexer and Pentium-II personal computer) monitored
pressure transducer and gas concentration signals.

The key properties of the fluid catalytic cracking (FCC)
particles used in the experiments were: �p � 1460 kg/m3

(catalyst supplier); dp � 61 �m (Sauter mean, sieve analysis);
�mf � 0.48 (measured); Umf � 3.0 mm/s (measured). Air was
the fluidizing gas, and the bed was operated at ambient tem-
perature and pressure. Helium was used as tracer, with transient
step injection for RTD measurements, or with continuous in-
jection for backmixing and distribution profile experiments.
Helium was ideal because it is inert, nonadsorbing and readily

detectable. A nonadsorbing tracer allows study of that portion
of the mixing that is solely related to the hydrodynamics. The
tracer concentrations at prechosen positions were monitored by
sampling with the aid of thermal conductivity detectors (TCD)
assembled in our laboratory (Al-Sherehy, 2002).

Steady-State Measurements

The distribution of the secondary gas inside the bed was
examined by adding a steady flow of helium tracer to the
secondary air injected 560 mm above the distributor, dis-

Figure 2. Radial tracer concentration profiles along parallel and perpendicular diameters at the same level as
secondary injection for different secondary air injection velocities (Uinj). UP � 0.01 m/s; H0 � 1,100 mm;
tracer injection at zj � 560 mm.
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charged into the column through a 4.6-mm ID nozzle. Two
primary gas superficial velocities were examined (UP � 0.01
and 0.1 m/s), and the static bed depth was maintained at H0 �
1010 mm. For each UP, the secondary air injection velocity was
varied from 14 to 135 m/s (Qj/A � 0.01 to 0.11 m/s), whereas
the tracer flow rate was maintained constant.

The tracer concentration was detected by six sampling
probes installed at different heights along the bed (below, at,
and above the injection level). Each sampling probe con-
sisted of a 15-�m sintered metal filter welded at the end of
a 4.6-mm ID stainless steel tube. For each level, two probes

were used to measure the helium concentration simulta-
neously at different radial positions. Each probe could be
traversed along the entire column diameter while the system
was operating. The helium concentration at the exit of the
column, C� (upstream of the cyclone, as shown in Figure 1),
was measured by switching the sampling positions between
the bed and the column exit using a three-way valve and was
used to normalize the concentrations within the bed. A
schematic of the setup is shown in Figure 1. Gas samples
and reference air were drawn into two TCDs connected to
the data-acquisition system.

Figure 3. Radial tracer concentration profiles along parallel and perpendicular diameters at the same level as
secondary injection for different secondary air injection velocities (Uinj).
UP � 0.1 m/s; H0 � 1,100 mm; tracer injection at zj � 560 mm.
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Helium concentration profiles at the secondary air injection
level for different secondary air injection velocities from Uinj �
14 to 135 m/s (Qj/A � 0.01 to 0.11 m/s) are shown in Figures
2 and 3 for two primary air superficial gas velocities, UP �
0.01 and 0.1 m/s, respectively.

Figure 2 shows that the tracer concentration profiles are
almost uniform for all secondary feed injection velocities
Uinj � 14 m/s (Qj/A � 0.01 m/s). However, at Uinj � 14 m/s,
the radial concentration profile is not uniform, with a higher
helium concentration detected near the outer wall. For such
a low Uinj, the jet penetration distance is very small (Lj �
0.01 m), representing the mode where the secondary gas is
discharged into the bed as bubbles attached to the near wall.
At higher injection velocities the jet penetrated further into
the bed creating more uniform radial concentration profiles.
The asymmetry in Figure 2(a) in the Y (transverse) direction
was probably caused by air maldistribution by the primary
distributor at such a low superficial gas velocity.

Compared to the relatively uniform concentration profiles
for UP � 0.01 m/s shown in Figure 2, nonuniform concentra-
tion profiles were observed at the higher primary feed flow rate
(UP � 0.1 m/s), as shown in Figure 3. The nonuniform profiles

are attributed to a decrease in jet penetration depth at higher UP

(Copan et al., 2001). Both figures show that the profile along a
diameter perpendicular to the injection axis was almost uni-
form for all the cases examined, except for Uinj � 14 m/s
(Qj/A � 0.01 m/s). The injected gas clearly spread well beyond
the injection axis.

Well below the injection level (z � 120 mm, zj � 560 mm),
the helium was barely detectable for UP � 0.01 m/s. For UP �
0.1 m/s, the tracer concentration was higher, as shown in
Figure 4, indicating more backmixing at a higher primary flow
rate. The effect of secondary gas injection velocity on the
backmixing was not very significant.

To examine the uniformity of the injected secondary gas
above the injection level, the helium tracer was detected at z �
780 mm, 220 mm above the secondary gas injection level.
Concentration profiles were almost uniform, as shown in Fig-
ure 5 for UP � 0.1 m/s. Note that the X–X and Y–Y diameters
are at 45° to the injection direction. These results indicate that
the secondary gas was well distributed a short distance above
the injection level and that Uinj had limited influence on the
profiles at this height.

Figure 4. Radial tracer concentration profiles along normal diameters below secondary injection level for different
secondary air injection velocities (Uinj).
UP � 0.1 m/s; H0 � 1,100 mm; tracer injection at zj � 560 mm; detection at z � 120 mm.
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Unsteady-State Measurements

Residence time distribution (RTD) experiments were con-
ducted using positive step tracer inputs for different primary air
superficial gas velocities (0.01 and 0.1 m/s) and secondary air
injection velocities (Uinj � 0 to 135 m/s; i.e., Qj/A � 0 to 0.11
m/s). To enable proper mixing of the tracer with either the
primary or secondary air before entering the bed, the helium
was added upstream of the windbox or injection nozzle, re-
spectively. The measured residence time for tracer added to the
primary air included the time in the windbox (Vw � 0.0045
m3). In addition, the response time for the TCD detection was
measured experimentally to be 3.7 s. The TCD was positioned
to detect the helium tracer at the bed surface. The tracer
injection and detection systems were synchronized using
Labtech notebook software so that data logging began at the
moment when the solenoid valve controlling the tracer flow
was opened. The samples and reference air were drawn con-
tinuously into the TCD by the vacuum pump. Using the soft-
ware, three separate data sets were logged for sampling periods
of 200 to 700 s (depending on the operating conditions) at a
frequency of 5 Hz.

Each F(t) curve from our experiments is subject to fluctua-

tions and needs to be differentiated to obtain the residence time
distribution function, E(t). The measured F(t) data were fitted
using the error function (ERF), as follows

ERF�y� �
2

�� �
0

y

e�t2
dy (1)

y �
� � �t

t0.5 (2)

where � and � are fitting parameters and t is time. The equation
F(t) curve is then

F�t� � 0.5�1 � ERF�y�	 (3)

The resulting smoothed curves were then differentiated to
calculate E(t). Then, the average residence time (	) and the
standard deviation (
) were calculated from

Figure 5. Radial tracer concentration profiles along normal diameters above secondary injection level for different
secondary air injection velocities (Uinj).
H0 � 1,100 mm; UP � 0.1 m/s; tracer injection at zj � 560 mm; detection at z � 780 mm. In this case, the X–X and Y–Y diameters are each
at 45° to the injection direction.
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	 � �
0

�

tE�t�dt (4)


2 � �
0

�

�t � 	�2E�t�dt (5)

Helium tracer was injected with the primary feed and de-
tected as close as possible to the bed surface. Experiments were
performed for UP � 0.01 and 0.1 m/s with various secondary
injection velocities from 0 to 135 m/s (Qj/A � 0 to 0.11 m/s).
The static bed height was maintained at H0 � 1100 mm,
whereas zj � 560 mm in all cases.

Sampling at the bed surface required that representative
samples be collected covering the entire bed cross section.
Ideally several samples should be collected at different radial
positions followed by averaging the data to obtain the mean
concentration at the bed surface. Three experiments each were
performed for UP � 0.01 and 0.1 m/s without secondary
injection and for UP � 0.01 m/s with Uinj � 56 m/s (Qj/A �
0.04 m/s) at zj � 560 mm. Helium tracer was injected with the
primary air for all three experiments, and five samples were
collected at different radial positions at the bed surface in each
case. Given the uniformity of the concentrations and the time

and tracer required to sample from many points, the concen-
tration at the bed surface was assumed to be uniform and a
single sample at the center of the bed surface was subsequently
deemed to be sufficient to derive a RTD representative of the
entire bed cross section.

Experiments were performed at UP � 0.01 and 0.1 m/s, with
the secondary injection velocity Uinj varied from 0 to 135 m/s
(Qj/A � 0 to 0.11 m/s) at zj � 560 mm. Helium tracer was
injected with the primary air for all experiments, with samples
collected near the expanded bed surface. The resulting values
of 	, 
, and 
/	 are plotted in Figure 6 as functions of Uinj. In
general, the average residence time 	 decreased as Uinj in-
creased, both for UP � 0.01 and 0.1 m/s. However, the de-
crease is not significant for Uinj � 56 m/s (Qj/A � 0.04 m/s).
A similar trend is observed for the standard deviation 
. The
results indicate that so long as the injected gas flow is sufficient
to enter as a jet, Uinj has little impact on the average gas
residence time and standard deviation.

Effect of secondary-to-primary gas-flow ratio (RSP) at
constant total superficial gas velocity (UT)

The RTD was measured without secondary air injection for
different primary superficial gas velocities (UT � UP � 0.02 to
0.12 m/s) with helium tracer injected into the primary air just

Figure 6. Mean residence time and standard deviation of
RTD as functions of Uinj.
Secondary air injected at zj � 560 mm (Qj/A � 0.0 to 0.11
m/s). Tracer gas injected with primary air. Sampling at: (a)
z � 1210 mm for UP � 0.01 m/s, H � 1160–1230 mm; (b)
z � 1420 mm for UP � 0.1 m/s, H � 1300–1340 mm.

Figure 7. Mean residence time and standard deviation of
RTD as functions of UT.
Open symbols: no secondary injection; closed symbols: with
secondary air injection at zj � 560 mm with UP fixed at 0.01
m/s; tracer injected with primary air; sampling just above bed
surface; H0 � 1100 mm.
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upstream of the windbox. The RTD was then measured for UT

� 0.02 to 0.12 m/s with constant primary air superficial ve-
locity (UP � 0.01 m/s), whereas secondary air was injected 560
mm above the distributor with Uinj � 14, 56, 113, and 135 m/s
(Qj/A � 0.01, 0.04, 0.09, and 0.11 m/s). For the same total feed
flow rate, injecting part of the total gas flow 560 mm above the
distributor significantly increased the average residence time
and standard deviation, as shown in Figure 7. This was ex-
pected because the primary flow was reduced when secondary
air was injected, and gas elements entering with the primary
stream therefore had longer residence times inside the bed.

Modeling

In the present work a dense phase diffusion model (May,
1959; Van Deemter, 1961), based on a two-phase model, is
extended to simulate the effect of secondary gas injection into
a bubbling fluidized bed. The predictions are then compared
with data from the RTD experiments discussed above. Two
models are considered. Model I considers only changes in the
overall superficial gas velocity at each injection level, whereas
Model II considers both changes in total superficial gas veloc-
ity and interaction between the jet region caused by the sec-
ondary gas and the fluidized material. The dense phase axial
diffusion model, referred to here as the Base Model, is used to
simulate the RTD experiments without secondary gas injection,
and provides the limit to both Model I and Model II as the
secondary injection approaches zero.

Because the volume of the windbox (Vw � 0.0045 m3) (see
Figure 1) is about 20% of the dense bed volume in our
experiments, the windbox is included as a separate continuous
stirred-tank reactor (CSTR). In addition, a correction was made
for the response of the TCD/sampling system when comparing
model and experimental results.

Base model

Model equations for an unsteady-state nonreactive system
are derived by writing bubble-phase and dense-phase mole
balances for a slice of the bed of height 
z and unit cross-
sectional area:

(a) Bubble Phase

�b�1 � �b�
�Cb

�t



Qb

A

�Cb

� z
� �bDab

�2Cb

� z2


 kbdab�Cb � Cd� � 0 (6)

(b) Dense Phase

�d�1 � �d�
�Cd

�t



Qd

A

�Cd

� z
� �dDad

�2Cd

� z2


 kbdab�Cd � Cb� � 0 (7)

To simplify the model, the following assumptions are adopted:
(1) Bubbles are free of solids so that �b � 0 and �b � �b.
(2) Gas is distributed between the phases according to the

two-phase model.
(3) Bubble phase gas is in plug flow (i.e., Dab � 0), whereas

it is axially dispersed in the dense phase with Dad, given (Lee
and Kim, 1989) by

Pea �
UTD

Dad
� 0.02566�UT

Umf
��0.54��p

�g
�0.067�dp

D�
�0.588

(8)

Because this correlation was developed to account for overall
dispersion, Dad was divided by (1 � �b) to estimate the dis-
persion coefficient for the dense phase alone.

(4) The volumetric interphase mass transfer coefficient is
calculated using the equation of Sit and Grace (1981)

Figure 8. Phase flows, dispersion, and hold-ups for (a)
Model I and (b) Model II.
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kbdab �
6�b

db
�Umf

3

 2�De�mfUb

�db
� 1/ 2� (9)

Bubble size and velocity (db and ub) are allowed to increase
with height. However, the bubble size is not allowed to exceed
the maximum stable bubble size db max, given by

db max � 2
�u*t�

2

g
(10)

where u*t is the terminal settling velocity of a single particle of
diameter 2.7dp in the fluidizing gas.

(5) Adsorption is neglected.
(6) The dense phase bed voidage � �mf throughout the bed.
With the above assumptions, Eqs. 6 and 7 become
Bubble Phase

�b

�Cb

�t



Qb

A

�Cb

� z

 kbdab�Cb � Cd� � 0 (11)

Dense Phase

�d�1 � �b�
�Cd

�t



Qd

A

�Cd

� z
� �1 � �b�Dad

�2Cd

� z2


 kbdab�Cd � Cb� � 0 (12)

Initial Conditions
@ t � 0,

Cb � Cd � 0 (13)

Figure 9. Assumed jet region geometry.

Figure 10. Comparison between F(t) predicted by Models I and II for UP � 0.01 m/s and Uinj � 14 to 135 m/s.
Secondary air injected through one nozzle at zj � 560 mm (Qj/A � 0.01 to 0.11 m/s); tracer injected with primary air and detected at z �
1,210 mm; H0 � 1,100 mm.
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Boundary Conditions
For t � 0

@ z � 0,

Cb � C0 (14)

Cd �
Dad�1 � �b� A

Qd

�Cd

� z

 C0 (15)

C0 is the windbox outlet concentration given for a positive step
change by

C0 � Cie
�t/	w (16)

where Ci is the windbox inlet concentration, and 	w is the
windbox mean residence time. @ z � H,

�Cd

� z
� 0 (17)

The outlet concentration is calculated from

CH �
QbCb 
 QdCd

QP
(18)

The mean bubble diameter as a function of height and operat-
ing conditions is estimated by the Mori and Wen (1975) cor-
relation, whereas the bubble diameter at the distributor plate is
calculated from the Miwa et al. (1972) correlation.

Equations 11 and 12 were solved numerically using Visual
FORTRAN 5.0. The partial differential equations were solved
using the subroutine MOLCH, which uses the method of lines
(Constantinides and Mostoufi, 1999).

Models for simulating secondary gas injection

The base model (without secondary gas) is modified when
secondary gas is injected horizontally into a bubbling bed
above the distributor plate. In the base model, radial disper-
sion was assumed to be negligible so that radial concentra-
tion profiles at any height above the distributor are assumed
to be uniform. However, when secondary feed is injected,
this assumption might not be valid, especially for a low
injection velocity [�14 m/s (Qj/A � 0.01 m/s)] where the

Figure 11. Comparison between F(t) predicted by Models I and II for UP � 0.1 m/s and Uinj � 14 to 135 m/s.
Secondary air injected through one nozzle at zj � 560 mm (Qj/A � 0.01 to 0.11 m/s); tracer injected with primary air and detected at z �
1,420 mm; H0 � 1,100 mm.
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concentration was nonuniform near the injection nozzle.
However, the experiments reported earlier show that a uni-
form distribution was achieved within a short distance above
the injection level for the relatively small column used,
where the jet penetration was of the same order as the
column diameter. Therefore, using the base model to simu-
late the regions above and below the injection level, with
provision to change the total flow above the injection level,

is a reasonable first approximation. Note, however, that this
approach is unlikely to be sufficient in cases where the jet
penetration is much less than the column cross-sectional
dimension.

In Model I, all secondary gas is assumed to be distributed
immediately in a uniform manner across the entire injection
level, with all of the secondary gas added to the bubble
phase. The base model equations are then solved up to the

Figure 12. Comparison between experimental residence time distributions and models (Base Model, Models I and
Model II) prediction for UP � 0.01 m/s: (a) without any secondary injection; (b) to (g) for Uinj � 14 to 135 m/s.
Secondary air injected through one nozzle at zj � 560 mm (Qj/A � 0.01 to 0.11 m/s); tracer injected with primary air and detected at z �
1,210 mm; H0 � 1,100 mm.
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injection level. At the secondary injection level, the param-
eters in Eqs. 11 and 12 are recalculated after adjusting the
volumetric flow of the bubble phase to include the secondary
gas (Qb 
 Qj). In addition, the bubble diameter is adjusted
using the Mori and Wen correlation, assuming that the initial
bubble size db0 equals db calculated just below the injection
level. From this height up to the bed surface, one then proceeds
with revised values of QT, Qb, db, and z� � z � zj. Dad is assumed

to be the same above and below zj. Axial dispersion and total
exchange rate are calculated as for the base model. Figure 8a
shows the secondary feed injection for Model I.

The assumptions of Model I are applied again in Model II
above and below the jet injection level(s). However, in this
model, to provide a better representation of the zone where
secondary injection occurs, three phases are assumed at the
injection level: bubbles, dense phase, and jet, as shown in

Figure 13. Comparison between experimental residence time distributions and models (Base Model, Models I and
Model II) predictions for UP � 0.1 m/s: (a) without any secondary injection; (b) to (g) for Uinj � 14 to 135 m/s.
Secondary air injected through one nozzle at zj � 560 mm (Qj/A � 0.01 to 0.11 m/s); tracer injected with primary air and detected at z �
1420 mm; H0 � 1100 mm.
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Figure 8b. At this level, the bubble and jet phases are lumped
together at the injection level

��b 
 �j�
�Cbj

�t



�Qb 
 Qj�

A

�Cbj

� z


 �kbdab 
 kjdaj��Cbj � Cd� � 0 (19)

Here �j is the fraction of the injection level volume occupied by
the jet, kjd is the mass-transfer coefficient between the jet and
dense phase, and aj is the surface area of interphase boundary
of the jet per unit injection level volume; kjd is considered as
the fitting parameter, whereas aj and �j are based on geometry.
The jet region volume Vj is estimated based on the assumption
that the jet is composed of a cone and a sphere attached to the
base of the cone (Xuereb and Laguérie, 1991), as shown in
Figure 9. The apex of the cone is a distance x0 upstream of the
end of the injection nozzle. The total jet volume is

Vj � Vcone 
 Vsphere (20)

with

Vcone �
�

3
Hjbj

2 (21)

and

bj � Hjtan��h� (22)

Vsphere �
4

3
�rj

3 (23)

Hj, the cone height, is taken as (Lj/1.6), as suggested by
Shakhova and Minayev (1972). Lj, the jet penetration depth, is
calculated by the correlation of Merry (1971). The jet half-
angle �h is assumed to be constant and equal to 6.25° (Merry,
1971). The radius of the sphere (rj) formed at the end of the jet
region is taken as (Hj/1.8), as suggested by Shakhova and
Minayev (1972). The volume of the injection level is taken as
Vinj � �D2rj/2. The interphase area per unit volume of the jet

boundary aj is set equal to the (surface area of the cone 

surface area of the sphere)/Vinj. The fraction of volume occu-
pied by the jet in this zone is simply

�j 
 Vj/Vinj (24)

For the dense phase, Eq. 14 is modified to account for the jet
as follows:

�mf�1 � ��j 
 �b�	
�Cd

�t



Qd

A

�Cd

�z
��1���j
�b�	Daj

�2Cd

� z2


 �kbdab 
 kjdaj��Cd � Cbj� � 0 (25)

The axial dispersion coefficient Daj, in the jet region, is con-
sidered a fitting parameter.

Model predictions

The base model (that is, model without secondary injection)
is used to predict F(t) for the experiments performed without
secondary gas for UP � 0.01 to 0.12 m/s. As shown elsewhere
(Al-Sherehy, 2002), the base model gave reasonable fits to the
experimental data within the range examined. No fitting pa-
rameters beyond those incorporated in existing correlations are
required for this model because all model parameters are cal-
culated from the correlations presented above. Hence, the base
model provides a good foundation for extension to cases with
secondary gas injection.

Model I is solved without any fitting parameters, whereas
Model II involves two fitting parameters (kjd and Dadj) at the
injection level, although there are no fitting parameters for the
regions above and below the injection level. Figures 10 and 11
compare the model predictions and experimental F(t) for UP �
0.01 and 0.1 m/s at various values of Uinj from 14 to 135 m/s
(Qj/A � 0.01 to 0.11 m/s). Figures 12 and 13 compare the
residence time distribution, E(t). Both models are seen to fit the
experimental data quite well, with differences between the
predictions of the two models being relatively small.

Although Model I is simpler, Model II provides a better
representation of the jet region, aided by having two parame-

Figure 14. Volumetric mass-transfer coefficients as
functions of Uinj: (a) fitted Kjd; (b) averaged
Kbd for the entire bed. Secondary air injected
at zj � 560 mm (Qj/A � 0.01 to 0.11 m/s);
tracer injected with primary air and detected
at: (a) z � 1210 mm and (b) z � 1420 mm; H0 �
1100 mm.

Figure 15. Kbd and Dad as functions of total superficial gas
velocity for the bubbling bed without and with
secondary gas injection.
Tracer gas was injected with the primary air; secondary air
injected at zj � 560 mm; H0 � 1,100 mm. Values with
secondary injection are averaged from data with Uinj � 14,
56, 113, and 135 m/s (Qj/A � 0.01, 0.04, 0.09, and 0.11
m/s).
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ters to fit. Model II provides a good basis for adding more
complexity to the model, as needed.

The fitted interphase mass-transfer coefficient between the jet
and the dense phase is plotted in Figure 14(a) as a function of the
secondary gas injection velocity for UP � 0.01 and 0.1 m/s. In
both cases Kjd (�kjdaj) increased with increasing Uinj. This is
expected because increasing the injection velocity increases the jet
penetration depth and hence increases the interfacial area between
the dense and jet phases. A significant increase in Kjd is observed
for Uinj � 113 and 135 m/s (Qj/A � 0.09 and 0.11 m/s). At such
injection velocities the jet penetration depth is comparable to the
bed diameter. Note that kjd used to fit Model II is in the range of
0.01 to 0.8 m/s, comparable to the range reported in the literature
for jet-to-dense phase mass transfer in the grid zone (0.1 to 1.0
m/s) (Grace, 1986).

Figure 14b shows that the average volumetric bubble-to-
dense phase mass transfer coefficient for the entire bed is not
influenced significantly by secondary feed, especially at higher
UP. In addition, the interphase mass transfer coefficient for the
injection level is an order of magnitude higher than that for the
other zones inside the bed. The axial dispersion coefficient Daj

used to fit the model was found to be very small (1 � 10�6

m2/s), suggesting that axial mixing in the jet region is too small
for it to be needed in the model.

Comparison of bubbling bed with and without secondary air

Gas mixing for the bubbling bed with and without secondary
feed injection and the same total feed flow rate are explored
here using the volumetric mass transfer coefficients Kbd and
axial dispersion coefficients Dad. The RTD was measured with-
out secondary feed injection for different primary superficial
gas velocities (UT � UP � 0.02 to 0.12 m/s) with tracer
injected with the primary air. The RTD was then measured for
UT � 0.02 to 0.12 m/s with constant primary air flow (UP �
0.01 m/s) and with secondary air injected 560 mm above the
distributor with Uinj � 14, 56, 113, and 135 m/s, whereas tracer
was injected with the primary feed.

Kbd and axial dispersion coefficients Dad are predicted by the
models using the literature correlations above (Eqs. 8 and 9).
Because both are predicted to change with height, an arithmetic
average value for the entire bed (below and above the injection
point) was calculated and plotted as a function of UT in Figure
15 for cases with and without secondary air injection. Dad and
Kbd are both seen to be significantly smaller with secondary air
injection than without. This decrease is attributed to both
bubble diameter and hold-up decreasing with decreasing UP as
secondary gas is injected. This suggests that with secondary
gas the bed contains smaller bubbles, which is consistent with
the smaller pressure fluctuations and standard deviations (Al-
Sherehy, 2002) when part of the total gas flow was injected as
secondary feed.

Conclusions

When secondary gas was injected horizontally into a bub-
bling fluidized, the gas distribution was nonuniform at the
injection level, especially at smaller injection velocities. How-
ever, injected tracer became uniformly distributed within a
short distance above the injection level. Gas backmixing did
not increase significantly when secondary feed was injected for
the conditions explored in this work.

The mean residence time and standard deviation were not
affected significantly by the secondary feed injection velocity
at higher Uinj. However, significant changes were observed
when part of the total gas flow was injected as a secondary
stream. This led to significant increase in average residence
time and standard deviation for the range of conditions studied.

Two two-phase models are proposed to simulate secondary
gas injection. Model I features a step change in total flow at the
injection level, whereas Model II is more complex, with allow-
ance for the jet geometry and for different interphase mass
transfer near the injection level. Both models are shown to give
reasonable agreement with the experimental gas mixing results
obtained in a column of 152 mm diameter.

Notation

A � column cross-sectional area, m2

ab � specific surface area of gas bubble, m2/m3

aj � specific surface area of jet boundary, m2/m3

bj � cone base shown in Figure 9 and given by Eq. 22, m
C � concentration, mol/m3

C� � concentration at column exit, mol/m3

D � column diameter, m
Da � axial dispersion coefficient, m2/s

Dab � axial dispersion coefficient in bubble phase, m2/s
Dad � axial dispersion coefficient in dense phase, m2/s
Dadj � axial dispersion coefficient in jet region, m2/s
Dij � binary diffusion coefficient of component i diffusing into com-

ponent j, m2/s
Dm � effective diffusivity of gas mixture, m2/s
Dr � radial dispersion coefficient, m2/s
db � bubble diameter, m

dbmax � maximum stable bubble diameter, m
do � jet injection nozzle diameter, m
dp � mean particle diameter, m

ERF � error function given by Eq. 1
E(t) � residence-time distribution function, s�1

F(t) � fraction of gas leaving column during residence time of 0 to t
g � gravitational acceleration, m/s2

H � bed height, m
H0 � static bed height, m
Hj � length of cone shown in Figure 9, m

Kbd � volumetric mass transfer coefficient between bubble and dense
phase, s�1

Kjd � volumetric mass transfer coefficient between jet and dense phase,
s�1

kbd � interphase mass exchange coefficient between bubble and dense
phase, m s�1

kjd � interphase mass exchange coefficient between jet and dense
phase, m s�1

Lj � jet penetration length (see Figure 9), m
Nor � number of orifices in the grid
Pea � Peclet number for dispersion in axial direction, UR/Da

Q � volumetric flow rate, m3/s
R � column radius, m

RSP � secondary-to-primary feed flow ratio
r � radial coordinate, m
rj � radius of sphere formed at end of jet, Figure 9, m
t � time, s

Ub � bubble velocity, m/s
Uinj � secondary feed injection velocity, m/s
Umb � superficial gas velocity at minimum bubbling, m/s
Umf � superficial gas velocity at minimum fluidization, m/s
UP � primary feed superficial gas velocity, m/s
UT � total superficial gas velocity, m/s
u*

t � terminal settling velocity of a single particle given in Eq. 10, m/s
Vinj � volume of jet level, m3

Vj � volume of jet given by Eq. 20, m3

X, Y � radial coordinates as shown in Figure 3, m
y � error function parameter given by Eq. 2
z � vertical coordinate, m
zj � height of injection nozzle above distributor, m
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Greek letters

�b, �d � fraction of bubble and dense phase volumes occupied by solids
� � fitting parameter for Eq. 2

�p � particle density, kg/m3

�mf � bed voidage at minimum fluidization
�mb � bed voidage at minimum bubbling

�j � volume fraction of injection level slice occupied by jets
� � fitting parameter, Eq. 2

�h � jet half-angle, Figure 9, degrees
�g � gas density, kg/m3

�d � dense phase voidage
�b � volume fraction of bed occupied by bubbles

�b, �d� fraction of bed volume occupied by bubble and dense phase

 � standard deviation of gas RTD, s
� � gas viscosity, kg m�1 s�1

	 � average gas residence time, s

Subscripts

b � bubble phase
d � dense phase
0 � primary feed
H � at height H
i � component i
j � jet

P � primary feed
T � total feed
w � windbox

Abbreviations

CSTR � continuous stirred-tank reactor
FCC � fluid catalytic cracking
PSD � particle size distribution
RTD � residence time distribution
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